The circulation time is defined as the time required for a group of particles to reach the freeboard from the bottom of a fluidized bed and return to their original height. This work presents an estimation and validation of the circulation time in a 2D gas solid bubbling fluidized bed under different operating conditions. The circulation time is based on the concept of the turnover time, which was previously defined by Geldart [1] as the time required to turn the bed over once. The equation t c,est = 2 Ah′/Q b is used to calculate the circulation time, where A is the cross section of the fluidized bed, h′ is the effective fluidized bed height and Q b is the visible bubble flow. The estimation of the circulation time is based on the operating parameters and the bub ble phase properties, including the bubble diameter, bubble velocity and bed expansion. The experiments for the validation were carried out in a 2D bubbling fluidized bed. The dense phase velocity was measured with a high speed camera and non intrusive techniques such as particle image velocimetry (PIV) and digital image analysis (DIA), and the experimental circulation time was calculated for all cases. The agreement between the theoretical and experimental circulation times was satisfactory, and hence, the proposed estimation can be used to reliably predict the circulation time.
Introduction
A high reaction rate per unit reactor volume is the deciding factor in the selection of a fluidized bed in many gas solid reactions processes (e.g., drying, combustion, chemical processes). Therefore, depending on the process, the design and scale up of the fluidized bed is currently an important factor to take into account. In particular, the scientific community has paid special attention to the movement of the particles because their movement has a great influence on the mixing and performance of the fluidized bed. The studies of solids movement can be divided into two categories: those in which the dense phase in studied and those in which the bubble phase is analyzed.
Several authors have focused on studying the solid phase move ment using tracking techniques. Tomography tracking techniques have been employed to characterize the motion of objects in a 3 D fluidized bed. Positron emission was used by Stein et al. [2] to ob serve and quantify the particle trajectory as well as the flow pattern, velocity and circulation frequency of the solids. The authors ob served in deep beds (cylindrical columns, group B particles) that the particles move upward in the central region and downward near the wall. Other authors, such as Grassler and Wirth [3] have used X ray computer tomography to determinate the solids concen tration with high spatial resolution to characterize the gas solid flow inside a circulating fluidized bed, especially in vertical tubes. Du et al. [4] used electrical capacitance technology to describe quantitatively and qualitatively the gas and solid mixing in a quasi 3 D fluidized bed under turbulent and bubbling regimes using helium and phosphor tracer techniques. In addition, optical and non intrusive tracking techniques, such as particle image velocimetry (PIV), have been applied to characterize the solids movement in a 2 D fluidized bed [5, 6] to study the movement, mixing and particle segregation.
On the other hand, several studies have investigated the bubble spatial distribution and bubble properties in fluidized beds to char acterize the fluidized bed behavior, since the performance of the flu idized reactors depends strongly on the bubble behavior [7] . Kunii and Levenspiel [8] used pressure and optical probes to measure the fluidized bed dynamics (bubble size and bubble velocity) in a 3 D (three dimensional) bubbling fluidized bed. Their experimental results were compared with the results from a two fluid Eulerian Eulerian 3 D simulation of a cylindrical bed, filled with Geldart B particles and fluidized with air in the bubbling regime. The values of the bubble pierced length and velocity retrieved from the experi mental optical signals compare well in different radial and axial positions to the values obtained from the simulated particle fraction. These results indicate that the two fluid model is able to reproduce the essential dynamics and interaction between the bubbles and the dense phase in the studied 3 D bed. Shen et al. [9] developed a new method of digital image analysis technique to study the 2 D hydrodynamics of a bubbling fluidized bed with a digital video camera. The authors studied the size and the velocity of the gas bubbles, as well as the axial and radial distribution of bubble voidage, to relate these properties to the visible bubble flow and the gas throughflow, which is of great importance for combustion applications. Busciglio et al. [10] presented a DIA technique to study the 2 D fluidization dynamics in a lab scale bubbling fluidized bed. They obtained different bubble properties including the bubble size and bubble velocity distribution. The results agree well with the literature, thus confirming the poten tial of this technique. Asegehegn et al. [11] also used DIA technique to characterize the bubbles in a bubbling fluidized bed with and with out immersed tubes. The technique developed by the authors and implemented in the study allowed for the simultaneous measure ment of various bubble properties, such as the bubble diameter, rise velocity, aspect ratio and shape factor. The experimental results were found to be in good agreement with available literature corre lations. To properly design a process in a fluidized bed, a comparison between the circulation time of the reactor and the characteristic re action time for a specific application is needed. This comparison is also useful for the modeling of fluidized beds to verify the assump tion made in the model for different purposes (countercurrent, back mixing, well mixing, plug flow). To ensure that the fluidized bed is well mixed, the characteristic circulation time of the specific application needs to be similar to the circulation time. Besides, the circulation time obtained with the estimation can be useful to vali date Dynamic Numerical Simulation models.
This work presents a combination of two non intrusive techniques (PIV and DIA) applied in a 2 D bubbling fluidized bed to characterize the dense and bubble phases. The aim is to calculate the circulation time for a group of particles within the fluidized bed under different operating conditions. The results were compared with an estimation of the circulation time, based on the operating parameters and corre lations of the bubble properties. The estimation of the circulation time reproduces is able to reproduce the experimental results.
Experimental setup
The experimental setup used in this work was similar to the one described by Sánchez Delgado et al. [6] . A 2 D cold fluidized bed (50 cm width (W), 150 cm height (H) and 0.5 cm thickness (t)) with a glass front side and a rear wall made of aluminum and covered with a black card was used to improve the contrast during the images acquisition. The bed was illuminated by two 650W spot lights from the front of the bed. Fig. 1 shows a sketch of the experimental setup.
Spherical glass particles (Geldart B [1]), which had been previ ously sieved, with a density, ρ p , of 2500 kg/m 3 were fluidized with air. The diameter, d p , of the particles ranged from 600 to 800 μm fol lowing a normal distribution, with a mean of 677.8 μm and standard deviation of 93.3 μm.
The gas pressure drop through the distributor was high enough to en sure that the bed and the air supply system were not coupled [12 14] .
The experimental conditions were varied to test the effects of the bed aspect ratio and the excess air; four fixed bed heights (h = 30, 40, 50, 60 cm) and five excess air ratios (U/U mf = 1. 49.3 and 54.5 cm/s, respectively. Table 1 shows a summary of the ex perimental details. Images were acquired with a high speed camera (RedLake Pro X3+) at a frame rate of 125 fps and a camera resolution of 1280 px × 1024 px. The field of view of the camera was always large enough to visualize the complete fluidized bed, which led to a scale of at least 17 px/cm.
Results and discussion
In this section, the results of the work have been presented and discussed in two subsections clearly defined: i) The results obtained experimentally using PIV DIA techniques. ii) The results of the esti mation of the circulation time, as a function of the operating parame ters and the bubble phase properties: bubble diameter (D b ), bubble velocity (U b ) and bed expansion.
Experimental circulation time
The mean experimental circulation time for a group of particles, t c , is defined as the mean time required for the particles to reach the freeboard of the bed and return to the original position, as described by Rowe [15] and shown in Eq. (1):
where h min and h fb are the activation region and the freeboard height, respectively, and v u z ð Þ and v d z ð Þ are the mean upward and downward velocities of the solid phase, respectively.
The activation region, h min , is defined as the minimum height at which the particle movement is promoted due to the presence of the bubbles [16] . In this work a value of h min = 0.05 m guarantees the presence of bubbles in the fluidized bed for all of the cases.
The freeboard height, h fb , is defined as the mean maximum height that the particles reach in the fluidized bed. This parameter depends on the superficial gas velocity, U, the particle diameter, d p , the fixed bed height, h, and the internal structure of the fluidized bed. The mean freeboard height was obtained using the DIA tech nique. This value has been represented as a horizontal white line in Fig. A.1 (Appendix A) for the A, D, K and N cases (see Table 1 ). As it can be observed, for the experiments in this work (bubbling fluidized beds), the freeboard height increases with the excess gas velocity ((U/U mf ) min = 1.5, (U/U mf ) max = 2.5).
The PIV technique has been used to characterize the dense phase velocity [17] . In this technique, the algorithm used to obtain the ve locity field is cross correlation; the images are divided into smaller sections called interrogation windows (IW), and using FFT the algo rithm finds the average spatial shift in the IW [18] . The velocity can be calculated by dividing this average displacement by the time lapse between the acquisition of the images. For our experiments, the exposure time ranged between 1400 and 2000 μm and the size of the IWs was of 16 × 16 px with a 50% overlap [19, 20] . Before the PIV technique was applied, the images were modified to remove the raining particles through the bubbles [21] .
The time averaged dense phase velocity fields were calculated as follows:
where U n is the particle velocity field for the n image and N is the total number of images for each case. Fig. A.1 shows the superposition of the bubble pattern (as calculated in Appendix A), the freeboard height and the time averaged dense phase velocity fields for cases A, D, K and N as defined in Table 1 .
The time averaged dense phase velocity fields show the transport phenomenon induced by the movement of the bubbles from the bot tom to the top of the bed. At the top of the bed, the dense phase ve locity is higher because of the bubble coalescence ( Fig. A.1 ). When the superficial gas velocity increases, the diameter and velocity of the bubbles also increase [9] . Furthermore, with a higher superficial gas velocity, the coalescence effect becomes more relevant, promoting higher velocities in the dense phase transport. Therefore, the excess of gas is an important parameter to take into account in the calcula tion of the circulation time because of its effect on the internal struc ture of the fluidized bed.
On the other hand, it is well known that in a fluidized bed the solids velocity is unsteady; the local velocity changes in magnitude and sign. Therefore, the vertical velocity at a point, v s (x,z), can be ei ther upward, or downward. We have defined both the mean down ward and upward velocities at a certain height, v d (z) and v u (z), respectively, according to Eq.
where N i is the number of IWs at a certain height. Fig. A.1 shows that the sections for the upwards and downwards movements of the solids are quite similar; therefore, and under the assumption that the bed porosity keeps constant, the upwards and downwards dense phase velocities have to be similar to ensure that the upwards and downwards mass flow rate are equal. This results can be observed in Fig. 2 for experimental cases A, D, K, and N.
Therefore, according to the information shown in Fig. 2, Eq. (1) can be expressed as follows:
Estimation of the circulation time
The circulation time is defined as the time required for a group of particles to reach the freeboard from the bottom of the fluidized bed and return to the original height. In the present work, the following es timation of the circulation time is presented in Eq. (5) . The estimation of the circulation time is based on a previous concept of the turnover time (t T ) [1] . Eq. (5) compares the mass of the solid particles in the fluidized bed, M (kg), with the mass flow rate, M′ (kg/s). The mass flow rate, M′ (kg/s), has been expressed as a function of the bulk density of the dense phase, ρ p , the fraction of the bed in which the solid moves up ward, the mean upward solid velocity and the bed cross sectional area. The concept of the turnover time only describes the time required to turn the bed over once in an upward direction. Therefore, the estima tion of the circulation time can be expressed as follows:
We have taken into account that the porosity of the dense phase within the fluidized bed remains constant and equal to the fluidized bed porosity under the minimum fluidization condition, mf . There fore, when a bubble appears occupying a certain volume, the same volume of particle is displaces in an upwards direction. With these conditions, Eq. (5) can be expressed as follows:
where A (m 2 ) is the cross sectional area of the fluidized bed; h′ is the effective freeboard height of the fluidized bed, defined as the height from which the bubble appears to where the bubbles reach the free board, h′ = h fb − h min ; Q b (m 3 /s) is the visible bubble flow and ρ p is the bulk density of the dense phase. The proposed estimation (Eq. (5)) only depends on the operating parameters and the bubble phase properties: the bubble diameter (D b ), bubble velocity (U b ) and bed expansion.
The calculation of the visible bubble flow, Q b , is based on the work of Grace and Clift [22] , where Q b was given by:
where a i is the area of the ith bubble cut by the horizontal section aa (see Fig. 3 ), U b i is the vertical bubble velocity, N is the total number of analyzed images and n is the number of bubbles passing through the horizontal section at the ith frame. Fig. 3 shows a schematic diagram of a horizontal section through a bubbling fluidized bed. The bubble velocity, U b i , was calculated with the use of DIA tech nique by tracking the centroid of the bubble. The area of the ith bubble cut by the section was calculated by the product of the generated arc be tween the bubble and the horizontal section and the bed thickness (t).
With the visible bubble flow results, Q b , the throughflow was cal culated and compared with the previous results of Shen et al. [9] , to corroborate the visible bubble flow calculation with the Laverman et al.'s [22] method, Appendix B. Table 1 shows the freeboard height h fb , and the circulation times pre dicted by the proposed model, t c,est , and measured in the experiments, t c;exp , as a function of the operating parameters: bed height, h, and the superficial gas velocity, U. The last column shows the relative error for each case, er abs t c;est −t c =t c . de Jong et al. [23] have used the Dis crete Particle Model (DPM) for the characterization of the particle move ment in an artificial 2D fluidized bed. These results were compared with the results of different PIV DIA techniques applied over the same 2D flu idized bed to characterize the solids flux. de Jong et al. [23] concluded that the error committed for all PIV DIA methods described in the article in comparison with DPM was between 9.5% and 25.5%. In this work, the error committed between the experimental circulation time (based on a DIA PIV technique) and the circulation time calculated with the pro posed estimation (depending on the operating parameters and the bub ble phase properties) has a minimum value of 1.2% and a maximum value of 27%. Therefore, the error committed in this work can be assumed as a common error for this kind of experiments. The lowest error values correspond to the lowest excess gas values. Fig. 4 shows the comparison between the estimated and experimen tal circulation times as a function of the excess air ratio. We have defined superficial gas velocity is close to the U mf value, the circulation time reaches higher values, this effect is due to the absence of bubbles within the fluidized bed, and therefore the motion of the particle promoted by bubbles can be neglected (this effect can be observed in Fig. 2 , for U/U mf = 1.75 where small values of dense phase velocity are obtained). It is evident from Fig. 4 , that as the excess air ratio be comes higher the non dimensional circulation time decreases. Higher values of excess air ratio imply higher superficial gas veloci ties, and therefore, more bubbles coalescence. As previously highlighted this coalescence effect has an influence on the dense phase velocity: the diameter and velocity of the bubbles increase, promoting higher dense phase velocities and therefore reducing the time required for the particles to reach the freeboard and return to their original location. In this work, the circulation time has an as ymptotic trend when the superficial gas velocity increases. This ef fect is directly related with the work of Cui et al. [24] and Cui et al. [25] , where an expression for the bubble fraction as a function of the superficial gas velocity is presented. When the superficial gas velocity is increasing, the bubble fraction also increases until a cer tain value where the bubble fraction keeps constant. At this mo ment, if the superficial gas velocity increases, the excess gas has no effect on the bubble fraction, but produces a relevant increase of the throughflow. Therefore, this limitation of the bubble fraction is also a limitation of the circulation time with the superficial gas velocity in a bubbling fluidized bed.
Conclusion
A new model to estimate the circulating time in a 2 D bubbling fluidized bed has been proposed. This expression is based on the con cept of the turnover time [1] . The estimation only depends on the op erating conditions and the bubble phase properties (bubble diameter, D b , bubble velocity, U b , and bed expansion).
The theoretical circulation time was compared with the experimental circulation time obtained in a 2 D fluidized bed. The experimental results were based on the dense phase velocity, whereas the estimation is only function of the bed expansion and the properties of the bubble phase.
The agreement between the estimated and the experimental circu lation times demonstrates that the model is a powerful tool to estimate the circulation time (in an existing fluidized bed or during the design of a fluidized bed), based only on the operating parameters and bubble characteristics and avoiding the use of costly experimental techniques and their corresponding resources (e.g. experimental facilities, computa tional time, economics). The model is also useful to validate DNS models.
Furthermore, the experimental results in this paper shed some light on the throughflow phenomenon. An expression for the throughflow velocity as a linear function of the excess gas has been presented.
Notation

Latin letters a
Slope of the linear fitting from Eq. (10) in each image [26] , a clear boundary between the dense phase and the bubble phase was established, transforming the original gray scale image into black and white scale, where the values of the pixels occu pied by solids are equal to 1 (C n (x) = 1) and the values of the pixels oc cupied by bubbles are equal to 0 (C n (x) = 0). Thus, the fraction of time that a point, x, is occupied by solids can be calculated as follows: [6] C
where N is the number of images corresponding to the time inter val used to calculate the average concentration. This result repre sents the mean paths of the bubble moving upwards through the bed. The superficial gas velocity, U, has a great influence on the gener ation of preferential bubble paths; higher values of U/U mf (cases A and K, Table 1 ) generate a clearly defined preferential path, while low values of U/U mf (cases D and N, Table 1 ) generate a homogeneous bubble distribution and hence a homogeneous solid distribution in the entire fluidized bed, Fig. A.1 Bubble coalescence is a relevant phenomenon that generates the bubble paths. These paths represent the maximum probability of finding a bubble under specific fluidized bed conditions (fixed bed height, h, and superficial gas velocity, U).
Cases A and K show the effect of the bed height on the bubble pat tern for large excess gas conditions. Case A shows two paths with low values of C(x) (with no coalescence between them). Therefore the downward movement of solids is located at the center of the bed and close to the walls. However, in case K, the two bubble paths merge before the bubbles reach the bed surface. This effect generates only one air channel in the center of the bed, displacing the particles to the walls [27] . Therefore, higher values of h/W change the prefer ential paths of the bubbles in fluidized beds, even if the excess gas ve locity remains constant.
Appendix B. Throughflow analysis
In a fluidized bed, the gas flow, U, can be described as the summa tion of three terms: the velocity to maintain the dense phase under minimum fluidization conditions, U mf , the visible bubble flow, U vis , and the gas flow through and between the bubbles, U th , also known as the throughflow [9] . Therefore, the throughflow can be calculated by U th = U − U mf − U vis .
The visible bubble flow analysis was carried out at three different heights above the air distributor, and the measurements (Fig. B.1) were compared with the previous work of Shen et al. [9] under simi lar conditions (Shen et al. (2004) : h = 520 mm, d p = 790 μm, t = 0.07 cm; this work: h = 500 cm, d p ∈ 600 800 μm, t = 0.05 cm). Sim ilar values of the throughflow velocity were obtained in both studies.
A general correlation between the ratio of the throughflow veloc ity and the minimum fluidization velocity, U th /U mf , with the excess gas, U/U mf , was obtained, Eq. (B.1). This equation fulfills the condition of the no throughflow occurring when the air gas velocity is equal to the minimum fluidization velocity U = U mf . When the experimental results of U th /U mf as a function of U/U mf , where fitted, the constant a = 0.8583 was obtained, and the R 2 coefficient of the linear fitting was found to be 0.9947. The good agreement of the throughflow results of Shen et al. [9] and this work corroborates the results obtained for the visible bubble flow, Q b , using DIA technique, based on the work of de Jong et al. [22] . 
